A steady-state isothermal model is presented for the electrochemical reduction of CO 2 to CO in a microfluidic flow cell. The full cell model integrates the transport of charge, mass, and momentum with electrochemistry for both the cathode and anode. Polarization curves obtained from experiments conducted at different flow rates with varying applied cell potentials are used to determine the kinetic parameters in the electrochemical reaction rate equations. The parameterized model is validated using a different set of experimental results. Good agreement is observed, especially at high cell potentials (-2.5 to -3 V). The model is further used to analyze the effects of several operating parameters, such as applied cell potential, CO 2 concentration of the feed and feed flow rates. Global CO 2 emissions from the combustion of fossil fuels have increased by about 60% between 1990 (the Kyoto Protocol reference year) and 2013, with approximately 9.9 GtC added to the atmosphere in 2013.
Global CO 2 emissions from the combustion of fossil fuels have increased by about 60% between 1990 (the Kyoto Protocol reference year) and 2013, with approximately 9.9 GtC added to the atmosphere in 2013. 1 Several studies indicate that CO 2 emissions must be reduced significantly, by as much as 50% of those in 1990, by 2050 to limit the potential effects of climate change. [2] [3] [4] [5] Utilizing captured CO 2 as a feedstock for the production of useful products is increasingly being explored as an alternative to geological sequestration. Considerable research is underway in several directions to advance the promise of processes that utilize CO 2 . Essentially, three pathways exist for utilizing CO 2 : (1) convert it into fuels; (2) utilize it as a feedstock for chemicals; or (3) use it as a solvent, working fluid, or heat transfer fluid. 6 Electrochemical conversion of CO 2 into useful products with the help of a renewable or carbon neutral electricity source, such as solar, wind, or hydro power, also is receiving increased attention, as it can serve as a mechanism for storing excess energy from intermittent renewable sources as fuels. 7 Several electrochemical flow reactor designs have been reported in the literature, such as an electrolytic cell with a separator, 8 solid oxide electrolysis cells, [9] [10] [11] [12] and microfluidic electrolytic cells. [13] [14] [15] In these reactors, CO 2 is fed into the reactor at the cathode side and reduced to chemicals such as carbon monoxide (CO), 8, [16] [17] [18] formic acid/formate (HCOOH/HCOO − ), 13, [19] [20] [21] methane, [22] [23] [24] ethylene, [25] [26] [27] [28] [29] and alcohols. [30] [31] [32] The product selectivity depends on the cathode catalyst, applied potential, and the electrolyte composition. A variety of catalysts, including various metals, 21, [33] [34] [35] metal oxides, 36 metal organic frameworks, 37 and organometallic compounds 38 have been tested. For recent developments in reactor design, catalyst selection, and electrode structure for the electrochemical reduction of CO 2 , the reader is referred to the review articles by Jhong et al. 39 and Lim et al. 40 The majority of studies on the electrochemical conversion of CO 2 have been experimental in nature. They have explored different types of electrodes and catalysts to improve performance, and to unravel the possible electro-reduction mechanisms. [39] [40] [41] First-principles modeling of electrochemical reactors can complement the experimental work reported to date by elucidating the complex interplay between transport and electrochemistry, particularly in porous electrodes. The results of such studies can help in the design and optimization of these electrochemical reactors. Previously, Li & Oloman presented a crude cathode model for the electro-reduction of CO 2 to potassium formate in a continuous "trickle-bed" reactor. 42 However, the agreement between the * Electrochemical Society Active Member. z E-mail: chebke@nus.edu.sg; cheiak@nus.edu.sg numerical and experimental results was poor. Delacourt & Newman proposed a detailed model for the reduction of CO 2 to CO in a cell similar to a proton-exchange-membrane fuel cell, but with an additional aqueous buffer layer. 43 Their model predicted the experimental data pretty well, but only at current densities smaller than 10 mA/cm 2 . Several models have also been developed for the electro-reduction of CO 2 in a solid oxide electrolyzer cell (SOEC). [44] [45] [46] [47] However, for microfluidic flow cells (MFCs), which have been demonstrated in several experimental studies [13] [14] [15] 38 to be an effective reactor and a versatile analytical tool for the electro-reduction of CO 2 , not much modeling work has been reported in literature. Wang and his coworkers 48 first developed a model for CO 2 electro-reduction to aqueous formate solution in such a MFC. Instead of aqueous formate, we will consider the electrochemical reduction of CO 2 to gaseous CO, which has not been studied in the literature. The difference in the products, and thus reaction mechanisms, leads to different treatments of the electrochemical reaction kinetics. We consider CO formation, as CO can be combined with H 2 to yield syngas, which can be converted into fuels in the Fischer-Tropsch process. [49] [50] [51] In this paper, we report a steady-state isothermal full-cell model for an electrochemical MFC that reduces CO 2 to CO. The model is calibrated and validated using experimental data obtained for a range of feed flow rates and feed compositions. Subsequently, parametric study of several design and operating variables is performed via simulations.
Microfluidic Cell
A MFC (Figure 1a ) consists of several parallel and rectangular layers and channels of identical lengths and widths and various heights. These include, from top to bottom, a cathode gas channel, a cathode current collector, a cathode gas diffusion electrode, an aqueous electrolyte channel, an anode gas diffusion electrode, an anode current collector, and an anode gas channel. An aqueous solution enters the electrolyte channel, which is sandwiched between the two gas diffusion electrodes (GDEs). The GDEs are coated with suitable catalysts on the sides of the electrolyte channel to provide a three-phase interface for electrochemical reactions. The current collectors on the other side of the GDEs provide electrical contact between the GDEs and an external potentiostat. The feed gas enters the cathode gas channel and exits the MFC on the other side along with any cathode-side gaseous products. The anode gas channel is either left open to the atmosphere or can be used to collect the anode-side gaseous products. In the latter situation, the inlet is closed, and the anode-side gaseous products exit at the other end.
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Journal of The Electrochemical Society, 162 (1) F23-F32 (2015) Figure 1 . (a) A schematic of the various functional layers in a microfluidic cell for CO 2 reduction and (b) Simplified schematic used in modeling. Boundaries are marked with Roman numerals: (I) cathode gas channel inlet; (II) cathode gas channel outlet; (III) cathode gas channel horizontal walls; (IV) cathode gas channel vertical walls; (V) cathode gas-channel-GDL interface; (VI) cathode GDE vertical walls; (VII) cathode CL-electrolyte interface; (VIII) anode CLelectrolyte interface; (IX) anode GDE vertical walls; (X) anode gas-channel-GDL interface; (XI) anode gas channel wall/inlet; (XII) anode gas channel wall/outlet; (VIII) anode gas channel wall/opening.
For the conversion of CO 2 to CO studied in this work, the feed gas is a mixture of N 2 and CO 2 . The CO 2 in the cathode gas channel diffuses through the top GDE to the cathode catalyst layer (CL). When a neutral or alkaline electrolyte is used, CO 2 is reduced to CO via reaction 1 if a sufficiently high negative cell potential is applied. Water diffuses from the electrolyte to the cathode CL and can be reduced to H 2 via reaction 2. The cathode products CO and H 2 together with H 2 O vapor diffuse through the top GDE to the cathode gas channel, and exit the cell with unreacted CO 2 and N 2 .
On the opposite electrode, the oxygen evolution reaction 3 takes place in the anode CL, to balance the OH − produced and the electrons consumed at the cathode. O 2 and H 2 O vapor diffuse through the bottom GDE to the anode gas channel and exit the MFC.
Mathematical Model
The main assumptions underlying our mathematical model are as follows:
1) The MFC is at steady-state.
2) The system is isothermal. This is a reasonable assumption due to the presence of a flowing liquid (good thermal conductor) electrolyte, and relatively low current density on the order of 10 2 mA/cm 2 in a MFC.
3) Variations along the MFC width are negligible, so a 2D model is adequate. In practice, the feed gas can be supplied to the cathode gas channel in several ways such as tube, or rectangular channel. We assume the gas feed inlet to be at the top of the gas channel with a width same as that of the cathode gas channel, but it may have a height less or equal to that of the channel. 4) The Ohmic loss across a current collector is negligible. The current collectors can thus be treated as interfaces. 5) The rates of the electrochemical reactions can be described by Butler-Volmer kinetic equation, which is commonly invoked in fuel cell models. [52] [53] [54] [55] [56] 6) Flow in the gas channel is weakly compressible and laminar. Its Reynolds number is on the order of 10 −2 . 7) The gas diffusion layers (GDLs) and the CLs of the GDEs are homogeneous porous media, so with isotropic porosity and permeability. 8) The amount of gaseous species dissolved in the electrolyte is negligible. We assume negligible effective crossover flux of the gaseous species (CO 2 , CO, N 2 , H 2 & O 2 ) at the electrolyte/CL interface. 9) The effective conductivity for ionic transport in the electrolyte phase is constant.
Governing equations.-The simplified schematic of the MFC as modeled in this work is shown in Figure 1b . As shown in the figure, the flow direction is taken to be x-direction and the direction along the height of the cell be y-direction. In the model we take into account the following: multi-component gas transport in the gas channels, porous GDLs and CLs, the material balance in the gas phase (Cathode: CO 2 , N 2 , CO, H 2 and H 2 O; Anode: O 2 , H 2 O and N 2 ), the electronic and ionic charge balance, and charge transfer kinetics. This leads to the following governing equations. Cathode gas channel.-For a steady 2D flow in the cathode gas channel, the equations for overall mass and momentum balance are:
where ρ is the gas density, u is the velocity vector, g is the gravitational acceleration, p is the gas pressure, μ is the dynamic gas viscosity, and I is the identity tensor. For the species mass balance we use
where n i is the total mass flux of species (the sum of diffusive and convective mass fluxes) i. To calculate multicomponent flux, MaxwellStefan equation is used: [57] [58] [59] [60] 
where ω i is the mass fraction, x j is the molar fraction, M g is the molar mass of the gas mixture:
and D ij is the multicomponent diffusion coefficient that can be estimated using the empirical correlation recommended by Fuller, Schettler, and Giddings:
where T is temperature, p is pressure, and v i is the diffusion volume for molecule i.
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The mass fraction of inert N 2 is then computed from the overall mass balance as,
Cathode GDL and CL.-For the porous medium (GDL and CL), we use the common equation for the continuity of mass 11 and Brinkman's momentum equation 12:
where Q is the mass source term, which occurs only in the CL where the electrochemical reactions taking place, ε is the average porosity and κ is the average permeability of the porous medium. The permeability of the GDL can be predicted using the Tomadakis-Sotirchos model:
where ε p is the percolation threshold porosity, the porosity with the least required open void space connectivity for diffusion or permeation through the porous media (here ε p = 0.11), α is a fitting parameter for through-plan diffusion (here α = 0.785), and r f is the carbon fiber radius (here r f = 4.6 μm).
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For species continuity we use:
where R i is the reaction rate, which accounts for the consumption of reactants and production of products during the electrochemical reactions in the CL, and D eff i j is the effective gas diffusivity in a porous layer, given by the Bruggeman correction 64 as follows:
Again, the mass fraction of N 2 is computed from the overall mass balance, Eq. 10.
Charge conservation at the cathode GDL is imposed by:
and the current density is given by Ohm's law:
where σ gdl is the average electronic conductivity of the cathode GDL and φ s is the electric potential of the solid phase of the cathode GDE.
In the CL, current can be split into two parts: ionic current and electronic current. Transport of ions in the liquid phase (electrolyte) forms the ionic current, while transport of electrons in the solid phase (electrode) forms the electronic current. The current conservation equations are obtained using Ohm's law:
where σ cl s and σ cl l are the electronic and ionic conductivity of the CL, φ s and φ l are the electric potenti al of the solid phase and liquid phase in the CL, and S s and S l are the current source terms resulting from the electrochemical reactions.
Electrolyte channel.-For the electrolyte channel, the charge conservation 17 holds, and the current follows from Ohm's law as follows:
where σ elec is the average ionic conductivity of the electrolyte and φ l is the electric potential of the liquid electrolyte. Anode CL and GDL.
-If the anode gas channel is open to the atmosphere, convection in the CL and GDL is negligible compared to diffusion. For species continuity we write:
Again, the effective diffusivity in the porous layer is modified using the Bruggeman correction. The mass fraction of N 2 is given by
If the O 2 produced at the anode is to be collected, the anode compartment will only have one outlet, so in steady-state only O 2 and H 2 O vapor will be present in the anode gas channel and anode GDE. In this case, Eqs. 11-16 can be used to describe the continuity of mass and momentum, and transport of species (O 2 and H 2 O) in the porous anode GDL and CL.
The current densities in the anode GDL and CL can be described using Eqs. 17-20. Electrochemical reaction kinetics.-In contrast to formate formation in aqueous media, the proposed reaction scheme for CO formation from CO 2 electro-reduction is heterogeneous, involving the adsorption of radicals and further reaction on the metal-catalytic surface. 41 Instead of considering dissolved CO 2 , we assume direct adsorption of gaseous CO 2 onto the catalyst surface. For simplicity, we account for only the gas phase species transport in the CL, and use concentration of CO 2 gas instead of dissolved CO 2 in the rate equation.
The rates of the electrochemical reactions are assumed to follow Butler-Volmer kinetics equation, which is commonly invoked in fuel cell models. [52] [53] [54] [55] [56] Cathode CL.-The rate of formation of CO in the cathode CL depends on the local concentration of CO 2 at the active sites in the CL. As the CL is adjacent to the flowing aqueous electrolyte, it is reasonable to assume the active sites saturated with water and no dependency of water concentration in the rate expression. Thus, the transfer current density corresponding to the formation of CO is given by: [25] where i CO,ref is the exchange current density, C CO 2 is the local CO 2 concentration, C CO 2 ,ref is the reference CO 2 concentration, α CO is the charge transfer coefficient, F is the Faraday constant, R is the universal gas constant, T is the system temperature, and η CO is the overpotential of the CO formation reaction at the cathode. The CO overpotential is given by: [26] where E CO is the reversible potential of the half reaction for CO formation, φ s and φ l are the local electric and electrolyte potential derived from Eq. 19 and Eq. 20.
The experiments by Whipple 65 revealed that cell performance is independent of electrolyte pH for the electrochemical reduction of Society, 162 (1) F23-F32 (2015) CO 2 to CO in a microfluidic cell using an aqueous flowing electrolyte. Thus, the kinetics of water electrolysis can be treated as independent of the concentrations of H + and OH − ions under the range of operating conditions studied. The transfer current density corresponding to the formation of H 2 at the cathode then can be expressed as: [27] where i H 2 ,ref is the exchange current density and α H 2 is the charge transfer coefficient for this reaction. The overpotential η H 2 is given by: [28] where E H 2 is the reversible potential of the half reaction for H 2 formation. The reaction rates R i at the cathode CL in Eq. 14 are then given by:
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where a CO and a H 2 are the specific surface (ratio of reaction surface of the active sites to catalyst layer volume).
The mass source term Q in Eq. 11 is then given by:
The current source terms S s and S l in Eq. 19 and Eq. 20 are given by:
Anode CL.-At the anode CL, only O 2 formation reaction takes place. The transfer current density for O 2 formation reaction can be described by: [32] where i O 2 ,ref is the exchange current density and α O 2 the charge transfer coefficient for this reaction. The overpotential η O 2 is given by: [33] where E O 2 is the reversible potential of the half reaction for O 2 formation. The reaction rates R i at the anode CL in Eq. 22 are then given by:
The current source terms S s and S l in Eqs. 19 and 20 are given by:
The overall applied cell potential is defined as: [37] where V cath and V anod are the electric potentials applied at the cathode and anode current collectors respectively.
Boundary conditions.-Cathode gas channel.-At the cathode gas inlet (I), composition and flow rate are constant:
where e x is the unit vector in the x-direction, i.e. along the flow direction, U g,in is the average normal inflow velocity, and ω CO 2 ,in is the mass fraction of CO 2 in the feed gas.
At the cathode gas outlet boundary (II), we assume a constant reference pressure p exit and fully developed flow with no viscous stress and no diffusive species fluxes:
At the outer walls of the cathode gas channel (III & IV), we assume that the no-slip condition applies and that the walls are impermeable:
Cathode gas-channel-GDL interface.-The electric potential at this interface is the applied cathode potential V cath :
Cathode GDL and CL.-At the vertical walls of the porous GDL and CL (VI), we specify no normal flow, no species fluxes (impermeable walls), and charge insulation,
Cathode CL-electrolyte interface.-We assume no normal flow and no crossover fluxes at this interface (VII):
Water in the electrolyte is in equilibrium with H 2 O vapor in the gas phase. The mass fraction of H 2 O vapor at this interface can be calculated from its vapor pressure p sat : :
where M g is the molar mass of the gas mixture. Anode CL-electrolyte interface.-We assume normal flow, no crossover fluxes and saturated H 2 O vapor at this interface (VIII):
Anode GDL and CL.-At the vertical walls of the porous GDL and CL (IX), we specify no normal flow, no species fluxes (impermeable walls), and charge insulation,
Anode gas-channel-GDL interface.-The electric potential at this interface equals the applied anode potential V anod :
Anode gas channel.
-If the anode is open to the atmosphere, then both inlet and outlet of the gas channel are closed and the wall (XIII) is open. At the vertical walls (XI and XII), we specify no diffusive fluxes:
and at the opening (XIII), we specify a constant mass fraction of O 2 as it is exposed to the atmosphere which can be considered as a bulk phase of constant composition: [50] If the O 2 produced is to be collected, then the inlet (XI) is still closed, but the outlet (XII) is open. We apply no-slip condition to the inlet (XI) and the horizontal wall (XIII):
) unless CC License in place (see abstract At the outlet, we specify a reference pressure and assume no viscous stress,
Cell performance.-Current Densities.-Current density reflects the rate of an electrochemical reaction. The computed average partial current density is the integrated average of the local current densities at the cathode CL for a given species:
Specifically, the average partial current density i num CO reflects CO 2 conversion rate.
Then, the computed average total current density is:
Faradaic efficiency.-This reflects the selectivity of the primary reaction (here CO formation). It is computed using the following equation:
Conversion per pass.-The conversion of CO 2 per pass is specified by:
Numerical method.-We implemented Eqs. 4-57 in COMSOL 4.3b using the base case parameters in Table I , and solved them using the finite element method. We began with a coarse mesh of about 2500 elements for the unit cell in Figure 2 . Consecutive mesh adaptation of up to 120000 elements allowed for high resolution in the GDEs. Mesh independence was ensured by ensuring that successive mesh adaptations did not change CO 2 conversion by more than 0.1%. One simulation takes 3-8 minutes on an Intel Core i7-3770 CPU @ 3.40 GHz PC with 16.0 GB RAM.
Experimental
The kinetic parameters in Eq. 25, 27 and 32 are system specific and must be fitted with the help of experimental data. Our reactor design and experimental setup were similar to the experimental study by Whipple et al. 13 The electrolyte channel was prepared by machining a 0.5 cm wide by 2.0 cm long channel in a 1.5 mm thick polyether ether ketone (PEEK) window. The GDEs were prepared by applying catalyst ink via hand-painting on Sigracet 35BC gas diffusion layers (GDLs, Ion Power). Catalyst loading was 0.9 mg Ag/cm 2 and 1.0 mg Pt/cm 2 for the cathode and anode respectively. The cathode gas channel was a 0.5 cm wide by 2.0 cm long by 2 mm deep window in an aluminum block. The anode was left open to the atmosphere. The assembly was held together with 4 bolts with Teflon washers to Table II . Other operating conditions take the base case values in Table I. maintain electric isolation between electrodes. The dimensions and material properties of the MFC are summarized in Table I as base  case values. The experiments were conducted at room temperature (298 K) with the outlet streams exposed to ambient pressure (1.0 atm). An aqueous stream of 1 M KCl at a flow rate of 0.4 ml/min was used as the electrolyte. The experiments were performed at six feed gas flows as summarized in Table II . For each flow, the cell potential was varied from -2.25 V to -3.00 V at -0.25 V intervals. Thus, 24 independent data sets were obtained. Cell polarization curves were recorded by steady-state chrono-amperometric measurements. Individual anode and cathode polarization curves were measured using a Ag/AgCl reference electrode (RE-5B, BASi) that was placed in the outlet reservoir of the electrolyte.
Parameter Fitting and Model Verification
To obtain the best fits for the six kinetic parameters (α CO 
, the discrepancy between simulated and experimental results needs to be minimized. To this end, we define mean sum of squared errors (MSE) between [58] where k is the index for the 16 experimental runs used for parameter fitting.
Another measure for the quality of the fit is the percent error in the individual current density, which quantifies the error associated with each simulated average current density when the experimental data is available and is non-zero:
We exported our COMSOL model into MATLAB 2012b and used a coordinate search global optimization algorithm (DIRECT) 66, 67 to minimize the function in Eq. 57. The best-fit parameters are shown in Table III . Figure 2 compares the experimentally measured polarization curves with the model predictions. Good agreement is observed with MSE = 1.34 (mA/cm 2 ) during fitting the electrochemical reaction kinetic parameters and MSE = 2.22(mA/cm 2 ) during model validation. The fit at the high cell potentials of around -3.0 V is very good, with an average percent error of 3.3% during fitting and 4.5% during validation. This is desirable, as the cell will usually operate at potentials negative than -2.5 V.
Results and Discussion
Electrochemical characteristics.- Figure 3 presents the simulated current-potential profiles. As the applied cell potential increases (becomes more negative), the current densities for both CO and H 2 formations increase. The undesirable side reaction of H 2 formation accounts for less than 10% of the total current density for applied cell potentials below -2.8 V. A more negative cell potential is required for the onset of H 2 formation compared to CO formation. This is expected because the exchange current density corresponding to H 2 formation is 3 order of magnitude smaller than that for CO formation. As predicted by the larger charge transfer coefficient, H 2 production increases much faster than CO formation at high cell potentials, leading to a decrease in the faradaic efficiency. Thus, if CO is the only desired product, an intermediate optimal potential exists. In contrast, for syngas production, a suitable potential should be chosen to obtain the desired CO to H 2 ratio. Figure 4 shows the effects of CO 2 concentration on cell performance for fixed feed gas flow rates. Figure 3 . Effects of applied cell potential on cell performance. Operating conditions except for cell potential take the base case value in Table I Table I . Figure 5 . Effects of the volumetric flow rate of the gas feed on cell performance. Operating conditions except for feed gas flow rate take the base case values in Table I .
Effects of feed CO 2 concentration.-
The average partial current density for CO formation demonstrates a nearly linear increase from 2.5 mA/cm 2 to 50 mA/cm 2 as CO 2 concentration of the feed increases from 1 vol% to 35 vol%. The faradaic efficiency increases from 22% to 77%, while the CO 2 conversion decreases from 30% to 24%, for an initial increase from 1 vol% to 10 vol% in the CO 2 concentration of the feed. However, upon a further increase in CO 2 concentration, the rate of increase in faradaic efficiency and the rate of decrease in CO 2 conversion drop. As the CO 2 concentration in the feed increases, its concentration at the active sites in the CL also increases, leading to an increase in current density and faradaic efficiency. This confirms that the kinetics for CO 2 reduction depends significantly on the CO 2 concentration at the active sites. Therefore, modifying the GDEs such that they enhance CO 2 transport to the CL is critical for improving cell performance. Figure 6 . Effects of channel length on cell performance. Operating conditions and cell dimensions except for channel length take the base case values in Table I .
Effects of feed gas flow rate.-The effects of the feed gas flow rate at constant CO 2 concentrations on cell performance are shown in Figure 5 . As the feed gas flow rate increases from 1 to 6 sccm, the average CO partial current density increases by more than 50% and the faradaic efficiency increases from 78% to 88%. At higher feed rate, the average CO 2 concentration in the flow channel is higher and thus a higher CO 2 concentration is present in the CL. Therefore, higher feed gas flow increases the rate of reaction and thus current density. However, when the CO 2 concentration in the CL exceeds a certain limit, the effect of overpotential dominates over mass transport. Any further increase in that concentration has a negligible effect on the reaction kinetics. This is confirmed by the fact that the CO partial current density and faradaic efficiency level off when the feed rate exceeds 15 sccm. A higher feed rate also implies a shorter residence time. The decrease in residence time cannot be compensated by the increase in reaction kinetics, resulting in a decrease in CO 2 conversion, Figure 7 . Effects of GDE porosity on cell performance. Operating conditions take the base case values in Table I. F31 as shown in Figure 5 . Operating the reactor at higher feed rate and thus higher throughput is desirable, as it lowers both the operating cost (high faradaic efficiency) and capital cost (higher CO 2 conversion rate (mol/m 2 -s)).
Effects of channel length.-From a design perspective, analyzing the effect of channel length on cell performance is useful. As demonstrated in Figure 6 , upon increasing the channel length from 0.01 m to 0.35 m, the CO 2 conversion increases from 13% to 99%, but the average partial current density corresponding to CO formation drops from 35 mA/cm 2 to 10 mA/cm 2 and the faradaic efficiency decreases almost linearly from 89% to 57%. The former can be explained by the fact that a longer channel leads to a larger active surface for electrochemical reaction, thus improving CO 2 conversion. However, longer channel leads to lower average CO 2 concentration in the cell because of depletion of the reactant CO 2 and dilution effect of the product gaseous CO and H 2 , resulting in smaller average current density. The side reaction (H 2 evolution) is independent of the composition of the gas in the channel, so the electrical energy consumption associated with the side reaction increases with channel length, resulting in a decrease in the faradaic efficiency. During design, we can use this model to determine the minimum channel length for a given CO 2 conversion.
Effects of electrode porosity.-The effect of increasing the porosity of GDL on cell performance is shown in Figure 7 . Increased porosity indeed leads to a higher faradaic efficiency, CO 2 conversion and CO partial current density. However, the improvements are less than 1% for all the three performance measures for a porosity change from 0.40 to 0.75. This suggests that considering porosity of the GDL is not needed in optimizing cells for better performance.
Conclusions
We have presented a 2D isothermal electrochemical model for CO 2 reduction to CO in a microfluidic flow cell. The model accounts for all significant physics and electrochemistry in the cell such as the transport of species and charges, momentum and mass conservation, and electrochemical reactions. Simulation results successfully predict a set of polarization curves obtained at different feed gas flow rate and gas feed compositions. The prediction is better at high cell potentials (-2.5 to -3 V), where the cell usually operates, with an average percent error of 3.4%. Simulation results also reveal the importance of improving CO 2 transport in the GDEs, as well as the limited effects on cell performance of the CO 2 concentration in the feed, the flow rate of the gaseous feed, the channel length, and the GDE porosity. Further analysis with the multiphysics model can guide further design and optimization of the promising MFC architecture for CO 2 reduction to CO. Moreover, this model can be extended from a single cell to cell stack, and subsequently used for the design and optimization of large systems. 
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